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bstract

In the development of environmental friendly and highly efficient energy processes, membrane reactors hold an important role for their ability
o carry out, simultaneously and in the same unit, the separation and reaction steps. Taking advantage of the synergies deriving from this coupling,
hey achieve comparable results to the conventional reactors at less severe conditions. A sensitivity analysis has been developed in order to define
he role of some variables on the performance of a membrane reactor for maximizing the system efficiency. The behaviour of a membrane reactor
as been investigated by means of a two-dimensional mathematical model applied to the water–gas shift reaction. By depending on operation

eed pressure, a specific choice of both sweep gas flow rate and temperature can limit the occurring of dangerous temperature hot spots without
ompromising the performance of the system. The catalyst distribution coupled with an efficient heat exchange across the membrane have been
nvestigated as possible technical solutions adequate to control hot spots along the membrane reactor.

2007 Elsevier B.V. All rights reserved.
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. Introduction

The growing demand of energy in many industrial fields
equires the conceiving of more efficient production and utilisa-
ion systems in a logic of sustainable development. Traditional
nergy systems (power plants or vehicles) are characterized by
low efficiency since over 60% of the input energy is lost; for

his reason both new energy sources and more efficient devices
ould be explored. Hydrogen results an attractive energy carrier

or its versatility in different refinery processes and applications
s clean fuel [1].

Hydrogen is mainly produced from a variety of fossil fuels
y either steam-hydrocarbon reforming or autothermal reform-
ng for light feedstocks or partial oxidation using pure oxygen
or heavy feedstocks, coal and coke [2]. In transport sector, the

irect use of hydrogen is not widely distributed for still unsolved
roblems in the storage of gases, thus liquid fuels are considered
or in situ hydrogen production by means of catalytic reforming

∗ Corresponding author. Tel.: +39 0984 492037; fax: +39 0984 402103.
E-mail address: g.clarizia@itm.cnr.it (G. Clarizia).
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rocesses. The presence of carbon monoxide in the reformate
tream is a significant problem for a direct use in fuel cells since
few percentage of this gas poisons the catalyst. For this rea-

on, additional steps to reduce CO content are required (e.g.
ethanation, selective oxidation, water–gas shift reaction). The
ater–gas shift reaction (WGSR)

O + H2O ⇔ H2 + CO2, �HR = −40.6 kJ mol−1 (1)

epresents a fundamental step in the main industrial routes to
roduce hydrogen [3] or for adjusting the CO/H2 ratio of the syn-
as stream. High equilibrium conversion, no change in the total
umber of moles and moderate heat of reaction are the strong
oints of the WGSR investigated in this work. Furthermore,
he stringent need to compact the space in vehicles imposes
n efficient design of the fuel conversion units. In this frame-
ork membrane reactors (MRs), which are innovative devices

apable to combine the separation and reaction steps in a single

nit, can represent an interesting perspective. Smaller equipment
olumes, lower energy losses, reduced control instrumentations
re the main benefits of a correct merge of reaction and sepa-
ation steps. A specific application of the MRs is the selective

mailto:g.clarizia@itm.cnr.it
dx.doi.org/10.1016/j.cej.2007.05.036
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Nomenclature

ak constant
Am membrane area (m2)
cH2 hydrogen concentration (kmol m−3)
ci concentration (kmol m−3)
ci,0 feed concentration of the species i (kmol m−3)
ctot feed total concentration (kmol m−3)
CpH2 hydrogen heat capacity (kJ kg−1 K−1)
Cpmix specific heat of the mixture on lumen side

(kJ kg−1 K−1)
Cpmix,shell specific heat of the mixture on shell side

(kJ kg−1 K−1)
dp diameter of catalyst pellet (m)
D diameter of membrane tube (m)
Di,r radial effective diffusivity (m2 s−1)
hw wall-heat transfer coefficient (kJ m−2 s−1 K−1)
JH2 hydrogen flow rate (kg m−2 s−1)
kc kinetic constant (atm−1 s−1)
Lr catalyst bed length (m)
pfeed total feed pressure (kPa)
pH2,lumen hydrogen partial pressure (kPa)
pH2,shell hydrogen partial pressure (kPa)
Pe hydrogen permeance (kmol m−2 s−1 Pa−0.5)
r radial coordinate (m)
R reactor radius (m)
Rgas universal gas constant (cal mol−1 K−1)
�i reaction rate (kmol m−3 s−1)
T temperature in the bed (K)
T0 feed temperature (K)
T0,shell feed temperature on shell side (K)
Tw wall temperature (K)
us superficial velocity referred to whole section of

lumen side (m s−1)
us,shell superficial velocity referred to whole section of

shell side (m s−1)
vz = us/ε interstitial fluid velocity in the axial direction

(m s−1)
Vr reactor volume (m3)
yi molar fraction of the i-specie
z axial coordinate (m)

Greek letters
�H reaction enthalpy (kJ kmol−1)
ε bed voidage fraction
λer effective radial thermal conductivity

(kJ m−1 s−1 K−1)
ρg,shell, ρg mixture density on shell and lumen sides

(kg m−3)
ζ dimensionless axial coordinate

Subscripts
0 at reactor inlet
B catalytic bed
g gas
i compound
mix mixture
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emoval of a product from the reaction ambient through the
embrane by means of a partial pressure difference in order

o enhance the conversion value shifting continuously the equi-
ibrium [3]. Pd-based membranes, presenting selectivity values
or hydrogen higher than other membrane materials and good
echanical and thermal stability, are particularly indicated in

hose reactions in which hydrogen is a product of the reaction
4]. The hydrogen pressure on retentate side should be suffi-
iently high in the whole membrane reactor to achieve the best
erformance of the unit. For this reason, technical solutions that
llows to keep a constant and high hydrogen partial pressure
alue are particularly important for these devices.

Several authors developed mathematical models to predict
he behaviour of membrane reactors. Most of these literature
tudies, involving the use of a MR as extractor, consider isother-
al conditions and plug flow regime independently from the

eaction type [5–13]. These models if applied to laboratory scale
eactors are sufficiently accurate and they show higher conver-
ion values than conventional reactors. However, by neglecting
he thermal effects, they offer only a partial picture of the actual
erformance of the reactor in large scale applications. It was
ound that the isothermal assumption over-predicts the reactor
erformance and the degree of overestimation depends on the
perating conditions [14]. Some authors investigated endother-
ic reactions in packed-bed membrane reactors still assuming

lug flow in both feed and permeate sides but taking into account
he heat effects [15–17], while other authors coupled exothermic
nd endothermic reactions without considering the dispersion
erm in the mass and energy balances [18].

In order to have a precise evaluation of inherent performance
f a membrane reactor, some authors analysed the mass and heat
ransfer in the axial and radial directions applied to temperature
istribution and hydrogen permeation for a highly endothermic
eaction. The simulation results demonstrated that the tempera-
ure distribution in the reactor considerably changed in the axial
nd radial directions, and the hydrogen permeability through the
embrane varied from position to position in the reactor [19].
n the other hand, few papers deal with exothermic reactions

arried out in membrane reactors considering accurately both
ass and energy balances [20].
For what concern the catalyst distribution, most of the

heoretical and experimental studies were focused on the radial
istribution of the active component in the catalyst pellets.
ecently, some studies have revealed that an axially non-uniform
atalyst distribution through the catalyst bed length may also
ffect considerably the process parameters [21]. It was shown
hat in the case involving first-order homogeneous and heteroge-
eous reactions in an isothermal reactor, the uniform distribution
f the active component along the catalyst bed was optimal [22].
owever, in order to mitigate the temperature gradients along

he catalyst bed in an adiabatic catalytic reactor, an uniform
istribution of the catalyst could not be necessarily optimal.

The use of side-streams and inert pellets to control the tem-

erature profiles in addition to external cooling was developed
nd applied to laboratory-scale reaction systems by Hwang and
mith. The result of calculations performed on the nitroben-
ene hydrogenation and ethylene oxidation in non-isothermal
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nd non-adiabatic reactors showed higher reactor performance
n terms of conversion, yield or selectivity [23].

Aim of the present work is the analysis of the role of signifi-
ant design parameters (sweep gas flow-rate and temperature,
umen pressure) on performance (conversion and hydrogen
ecovery) and hot spot control of a non-isothermal membrane
eactor where the exothermic WGSR occurs. In addition, the
ffect of the catalyst distribution has been investigated.

. Theoretical analysis

The behaviour of a MR has been investigated by means of
two-dimensional mathematical model. It considers, for heat

nd mass transport, the convective term in the axial direction
nd the diffusive term in the radial direction, neglecting the
xial dispersion. These diffusive effects due to the conversion
f the reagents have been neglected by selecting an appropriate
atio of catalyst bed length to particle size (Lr/dp). The value
alculated for this ratio is equal to 180; it meets the criterion
oncerning the minimum Lr/dp ratio to limit significantly the
xial dispersion in a reactor [24–26]. The radial convective flow
s neglected because the membrane has a dense selective layer.
n this way it is possible to simulate simultaneously the chemi-
al reaction and the hydrogen separation through the membrane,
aking into account both fluid dynamics and heat transfer inside
he reactor. A sensitivity analysis has been developed in order
o define the role of some variables on the performance of a

embrane reactor for maximizing the system efficiency. The
eagents are fed to the lumen of the tubular reactor in parallel
ode with the sweep gas (steam) that, flowing in the shell side,

xtracts the product from the reaction zone through the Pd-based
embrane. The membrane is completely selective for the hydro-

en. All species involved in the process have been considered
s ideal gases and for their physical properties (e.g. viscosity,
ensity, specific heats, etc.) an average value as a function of
emperature and composition has been assumed. A simplified
cheme of the membrane reactor is shown in Fig. 1. The reac-
ion system has been represented by a continuous single phase

odel (pseudo-homogeneous) which uses the effective transport
oncept to formulate the fluxes of heat and mass in the radial

irection superimposed on the transport by overall convection
plug flow type). Therefore, the resulting two-dimensional dif-
erential equations, written in steady state for the lumen side

Fig. 1. Scheme of the tubular membrane reactor for water–gas shift reaction.
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ith the appropriate boundary conditions, are the following:

sρgCpmix
∂T

∂z
= 1

r

∂

∂r

(
rλer

∂T

∂r

)
+ �i(�H(T )) (2)

z

∂ci

∂z
= 1

r

∂

∂r

(
rDi,r

∂ci

∂r

)
+ �i (3)

B.C.1) : ∀z, r = 0 :
∂ci

∂r
= 0;

∂T

∂r
= 0

(B.C.2) : ∀z, r = D/2

−Di,R

∂ci

∂r
= PH2

(√
pH2,lumen − √

pH2,shell
)

−λer
∂T

∂r
= hw(T − Tw) + JH2CpH2 (T − Tw)

B.C.3) : ∀r, z = 0 ci = ci,0 T = T0

s to boundary conditions, concentration and temperature gra-
ients have been set equal to zero on the reactor axis (symmetry
ondition), while hydrogen diffusive flux at membrane sur-
ace is expressed by Sievert’s law [27,28]. The temperature
hange in radial direction is the sum of the heat transferred
cross the metallic layer and the enthalpy associated with the
ydrogen permeation. The concentration of the species and the
emperature on both lumen and shell sides are known at the inlet
f the MR. Heat and mass one-dimensional differential equa-
ions, written in steady state for the shell side, are the following:

s,shellρg,shellCpmix,shell
dT

dz
=hw(Tw − T ) + JH2CpH2 (Tw−T )

(4)

s,shell
dcH2

dz
= Am

Vr
Pe

(√
pH2,lumen − √

pH2,shell
)

(5)

B.C.4) : z = 0 T = T0,shell

B.C.5) : z = 0 cH2 = 0

q. (4) considers that the temperature on the shell side can
hange also for effect of the sensible heat of the permeating
ydrogen. This contribution is more significant as much as the
ermeating flow rate through the membrane increases. Hydro-
en permeability obeys to Arrhenius’ law with temperature. The
weep gas stream fed to the shell side of the MR does not contain
ydrogen.

The partial differential equations have been discretised by
eans of an orthogonal collocation procedure at finite elements

iving a set of ordinary differential equations solved by fourth
rder Runge–Kutta method. The collocation points, represen-
ative of mean compositions for each component and of the
emperature in radial direction, have been determined by using

Legendre polynomial. The orthogonal collocation has already
een applied to solve, in a reduced computation time also in
xed bed reactors, complex energy and mass balances, where
on-linear terms are present [29].
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Table 1
Reference modelling parameters

Geometric and physical parameters Value

Axial length of the catalyst bed (m) 0.15
Inside diameter of membrane (m) 0.01
Thickness of Pd/Ag film (m) 70 × 10−6

Average particle diameter (m) 8.15 × 10−4

Heat capacity of gas mixture in lumen side (kJ kg−1 K−1) 1.5
Heat capacity of gas mixture on shell side (kJ kg−1 K−1) 1.1
Hydrogen heat capacity (kJ kg−1 K−1) 14.5
Wall-heat transfer coefficient (kJ m−2 s−1 K−1) 1.6
Effective radial thermal conductivity (kJ m−1 s−1 K−1) 0.000297

Operating conditions Value

Pressure on shell side (kPa) 110
Inlet feed temperature (K) 600
Limiting reagent flow rate (CO) (kmol min−1) 1.17 × 10−6
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load removing sensible heat. In summary, the lumen temperature
results lower than the previous case. At each pressure value, the
more significant temperature variations occur on the reactor axis
76 G. Chiappetta et al. / Chemical En

Experimental values of membrane thickness and hydrogen
ermeation rates have been utilised in the computer code [30].
he Temkin’s kinetic expression, considered for the water–gas
hift reaction, is the following:

i =
kcpfeed(1 − ε)ctot

(
(yCOyH2O) −

(
(yH2 yCO2 )

Keq

))
akyH2O + yCO2

(6)

here kc = 6.0 × 1011 exp(−26,800/(RgasT)), ak = 2.5 × 109

xp(−21,500/(RgasT)) and Rgas = 1.987.
This expression was experimentally confirmed for
Cu–Zn–Cr low-temperature catalyst assuming an

xidation–reduction mechanism and no diffusive control for a
rain size of 0.1–1 mm [31]. It fits better the experimental data
n membrane reactors with respect to Langmuir–Hinshelwood

odel, as indicated in literature for isothermal conditions
32,33]. Preliminary experimental tests, carried out in non-
sothermal conditions at 110 kPa, show the presence of a

aximum in the temperature profile which can be explained
y this kinetic model. In this work for the spherical pellets of
atalyst, which are packed inside the tubular membrane, an
nitary efficiency has been assumed (no internal and external
ransport resistance). The grain size of the catalyst does not
ffect the fluid dynamics of the system and the gas velocity in
xial direction is independent on the radial position. The latter
ssumption is equivalent to neglect the pressure drops along
he reactor due to the wall friction [29]. The catalytic bed depth
as been assumed equal to the membrane length.

For practical purposes radial Peclet number has been assumed
o lie between 8 and 10; from this dimensionless number the
ffective radial diffusion has been evaluated. In packed bed reac-
ors, the effective heat conductivity, λer, decreases strongly close
o the wall as a consequence of an additional resistance due to
hanges in the packing density and flow velocity. In this work,
n order to describe the heat transfer in radial direction, a heat
ransfer coefficient at the wall, hw, was introduced consider-
ng a constant value for λer in the reactor core, as suggested in
iterature [24,26].

In Table 1 are summarized the main parameters used in this
ork as base case. The effect of some parameter changes will
e discussed in the next sections.

. Results and discussion

.1. Influence of the total feed pressure

As reported in literature, conventional reactors and hydrogen
urification membranes at high pressures are used for water–gas
hift reaction due to their compatibility with the gasifiers work-
ng at severe conditions of pressure and temperature, although
his reaction is insensitive to pressure [34]. Consequently, in
his work, the effect of the total feed pressure on the perfor-

ance of a non-isothermal membrane reactor, where the WGSR

akes place, has been investigated. Axial and radial temperature
nd concentration profiles have been analysed for three different
ressure values (110, 500 and 2000 kPa). In the first part of the
eactor, at each feed pressure value, it is possible to observe a

F
a
t

weep gas flow-rate (kmol min−1) 1.17 × 10−5

eed molar ratio (H2O/CO) 1

emperature increase in the lumen side due to the heat produced
y reaction not balanced by the heat released to the shell side, see
igs. 2–4. This net heat load available increases as feed pressure
ises. In particular, at 500 kPa (Fig. 3) a significant temperature
ot spot takes place close to the membrane reactor inlet. It results
s a consequence of the quick evolution of the heat of reaction
ot balanced either by an efficient heat exchange towards the
hell side (slow hydrogen permeation rate) or by a significant
ontribution of the endothermic reverse reaction.

As to the simulations performed at higher lumen pressures
e.g. 2000 kPa), differently from the previous case, they show
considerable reduction of the temperature hot spot intensity.
s a consequence of the quick consumption of the reagents, the

everse reaction rate becoming more important lowers sharply
he net forward rate and takes away heat from the reaction
mbient. Furthermore, the high hydrogen partial pressure
avouring the permeation towards shell side reduces the heat
ig. 2. Temperature (T, solid lines) and concentration (yi, dotted lines) profiles
long the reactor at a feed pressure equal to 110 kPa and inlet feed and shell
emperatures of 600 K.
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Fig. 3. Temperature (T, solid lines) and concentration (yi, dotted lines) profiles
along the reactor at a feed pressure equal to 500 kPa and inlet feed and shell
temperatures of 600 K.
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ig. 4. Temperature (T, solid lines) and concentration (yi, dotted lines) profiles
long the reactor at a feed pressure equal to 2000 kPa and inlet feed and shell
emperatures of 600 K.

nd they tend to diminish shifting towards the reactor wall due
o the cooling by the sweep gas, as shown in Figs. 5 and 6.
The increase of the feed pressure produces a high conversion
f the reagents, available in a large amount, at distances closer
o the membrane reactor inlet. As a consequence, the conversion

ig. 5. Lumen temperature (T, solid lines) and hydrogen composition (yH2,lumen,
otted lines) vs. dimensionless radial position (at ζ = 0.04, corresponding to the
aximum temperature in the lumen side at 500 kPa) for three different feed

ressure values.
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ig. 6. Lumen temperature (T, solid lines) and hydrogen composition (yH2,lumen,
otted lines) vs. dimensionless radial position (at ζ = 0.2) for three different feed
ressure values.

ncreases gradually in the whole catalytic bed achieving a final
alue of 87% at 110 kPa, whereas it fast attains a plateau value for
igher pressures (95 and 98% at 500 and 2000 kPa, respectively).

The presence of a peak for the hydrogen composition in the
eaction zone depends on the balance between the hydrogen
roduction and permeation rates. As the feed pressure increases,
ydrogen generation rate increases as well; thus the peak occurs
loser to the reactor inlet approaching a higher value (+37%)
hifting from 110 to 2000 kPa. As a consequence of an enhanced
ydrogen driving force along the membrane reactor, the final
ydrogen content on the retentate side is reduced of the 97%
hifting from 110 to 2000 kPa, while it increases on shell side
f 50% (Figs. 2 and 4). Furthermore, the position of the peak of
ydrogen concentration and the temperature hot spot coincides
s the feed pressure value is high (2000 kPa); instead at lower
eed pressures the two peaks are distinct and the maximum of
emperature occurs before the hydrogen one depending on the
ifferent heat and mass transport rates.

Typically, a decrease in the efficiency of hydrogen separa-
ion occurs in a membrane reactor for effect of a decrease of
he hydrogen flux through the membrane. It is due to a lowering
f the hydrogen concentration in the radial direction (hydro-
en partial pressure) close to the membrane interface during the
ermeation, as showed by Itoh et al. as two models based respec-
ively on an ideal flow and radial diffusion are compared [35].
ccording to these observations, the temperature and hydrogen

oncentration profiles in the radial direction have been investi-
ated at different feed pressure values and axial positions, see
igs. 5 and 6.

The parabolic shape of the temperature and hydrogen com-
osition curves at each pressure for ζ = 0.04 (Fig. 5) suggests
hat most of the resistance to the mass and heat transfer is close
o the wall of the membrane and only a small amount is localised
n the central core of the reactor. For what concerns the hydro-
en composition, the higher feed pressure the higher hydrogen
roduction (2000 kPa > 500 kPa > 110 kPa); however, the slow

ermeation rate of this product combined to its fast production
ate at high feed pressures causes a radial concentration gradi-
nt that reduces, at 110 kPa, due to the slowest permeation and
eaction rates.
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Fig. 7. Lumen temperature vs. dimensionless axial length as a function of feed
pressure for two different sweep gas inlet temperature values (500 K, dotted
lines) and (700 K, solid lines).

F
f
l

i
s
ery, CO conversion and hydrogen content in lumen side are
invariant with the investigated temperatures, see Figs. 8–10.
At 2000 kPa, as Tshell > Tlumen the consume of the reagents is
still significantly higher than at lower pressures (Fig. 8). It
78 G. Chiappetta et al. / Chemical En

At 500 kPa, the radial temperature gradients are more severe
ince the axial coordinate has been selected in correspondence
f its maximum temperature. At 2000 kPa a flattening of the
adial temperature profile in the central part, typical of a one-
imensional description, is produced because of the most of the
onversion already takes place close to the inlet of the membrane
eactor.

Fig. 6 shows lumen temperature and hydrogen composition
adial profiles at ζ = 0.2 where the effect of temperature hot spot
s distant. At 110 kPa, a parabolic profile of temperature is still
vident, due to a reduced heat exchange across the membrane.
t higher pressure values, a flat temperature profile takes place

ince heat exchange results more efficient.
As a high hydrogen production rate is combined to a moderate

ermeation rate, a parabolic hydrogen composition profile is
till observed (see Fig. 6 at 500 kPa). At 2000 kPa, in spite of
he highest hydrogen production rate in the reactor, hydrogen
ontent in the lumen side is lower due to the more significant
ole of the driving force on the hydrogen permeation with respect
o 110 kPa, as discussed in depth for Figs. 2–4.

These results confirm that in a membrane reactor, for the
ater–gas shift reaction, the high pressure allows to combine
oth a higher recovery of hydrogen on shell side and a more
fficient management of the heat transfer across the membrane.

.2. Effect of the sweep gas

The sweep gas use in the membrane reactors is suggested
ince, enhancing the driving force, it increases the hydrogen
ermeating flow. In non-isothermal systems, it could favour
lso the heat exchange allowing a better control of the tem-
erature in exothermic reactions. Therefore, the effect of sweep
as temperature and flow rate has been analysed in the following
ections.

.2.1. Inlet temperature
The influence of the sweep gas inlet temperature is repre-

ented in Figs. 7–10. If the inlet temperature on the shell side
ncreases (500 K → 700 K) at the same feed pressure, the peak
f lumen temperature for feed pressures lower than 2000 kPa
ises as well due to a lower heat load transferred across the
embrane towards the shell side. At Tshell = 700 K, the heat

ransferred by the sweep gas stream adds to the heat gener-
ted by the reaction, determining a fast temperature increase
n the first part of the reactor (ζ < 0.05). This trend results more
ignificant at low feed pressures (110 kPa; Fig. 7), where the
ate of forward reaction is accelerated by the heat entering
rom the shell side and not opposed by the occurring of the
ndothermic reverse reaction and hydrogen permeation (sen-
ible heat removal). Thus, a temperature hot spot higher than
hat observed in Fig. 2, where Tshell = Tlumen = 600 K, arises. On
he contrary, as the temperature on shell side is lower than the
umen side one, heat is continuously extracted by the sweep

as stream and the reaction and permeation rates are slowed
own. This fact determines a lower hydrogen recovery on shell
ide (Fig. 10) combined with a higher hydrogen content in
he lumen side (Fig. 9). On the other hand, as feed pressure

F
f
l

ig. 8. CO lumen composition vs. dimensionless axial length as a function of
eed pressure for two different sweep gas inlet temperature values (500 K, dotted
ines) and (700 K, solid lines).

s high (2000 kPa), the effect of sweep gas temperature is not
ignificant on the MR performance because hydrogen recov-
ig. 9. H2 lumen composition vs. dimensionless axial length as a function of
eed pressure for two different sweep gas inlet temperature values (500 K, dotted
ines) and (700 K, solid lines).
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2000 kPa is more convenient to operate with a sweep gas at a
temperature (e.g. 500 K) lower than lumen temperature in terms
of hydrogen recovery and CO conversion; nevertheless a low
ig. 10. H2 shell composition vs. dimensionless axial length as a function of
eed pressure for two different sweep gas inlet temperature values (500 K, dotted
ines) and (700 K, solid lines).

avours the reverse reaction that, for its endothermic character,
akes away quickly a part of reaction heat. As the hydro-
en permeation towards the shell side becomes considerable,
he forward reaction again prevails causing a progressive
ncrease of the lumen temperature along the reactor as shown in
ig. 7. At feed pressure of 500 kPa, an intermediate behaviour
ith respect to the previous cases has been observed. As to the

rend of hydrogen and CO composition profile, it is similar to
hat of 2000 kPa, whereas the temperature profile is closer to that
f 110 kPa.

The temperature of the sweep gas does not affect the hydro-
en concentration on shell side as the feed pressure is equal to
000 kPa. The same trend is confirmed at 500 kPa, although the
ydrogen amount results lower. At a feed pressure of 110 kPa,
he value of yH2,shell, shell at the exit does not change at 600
nd 700 K (Figs 2 and 10), whereas if Tshell is equal to 500 K,
H2,shell results significantly lower (−27%) as shown in Fig. 10.
n addition, the rate of increase of yH2,shell depends on the Tshell.

These results put in evidence that at high feed pressures the
nfluence of the sweep gas temperature on MR performance is
ot significant, while at a feed pressure equal to 110 kPa this
ariable becomes very important.

.2.2. Inlet flow rate
Low sweep gas flow rates cause a significant increase of

umen temperature only at low feed pressure values (110 kPa).
n fact, at this pressure value for ζ = 0.5, as sweep gas flow
ate decreases of an order of magnitude, the increase of lumen
emperature is equal to 200 K (+25%), as shown in Fig. 11. In
his case, the warming is due to a reduced cooling capability
f the sweep gas stream; the heat of reaction, remaining inside
he reactor, produces a generalised decrease of the global con-
ersion value because of the endothermic reverse reaction is
avoured. Thus, if the sweep gas flow rate becomes 100 times
ower than reference value (0.0117 mol min−1), the conversion
hanges from 87 to 54% with a CO content enhanced of three

imes. The hydrogen content in the lumen side results almost
oubled.

As feed pressure increases, both the heat production and
xchange rates rise determining a generalised decrease of

F
f
l

ig. 11. Lumen temperature vs. dimensionless axial length as a function of feed
ressure for two different sweep gas flow rates (0.00117 mol min−1, dotted lines)
nd (0.000117 mol min−1, solid lines).

he lumen temperature. Thus, at a sweep gas flow rate of
.00117 mol min−1 moving from 110 to 2000 kPa the lumen
emperature decreases of 170 K, while at 0.000117 mol min−1 it
ecreases of 370 K.

At 500 kPa, if the sweep gas flow rate is ten times lower, the
umen temperature increases of 30 K (Fig. 11) while a percentage
ecay of ten is observed for the conversion (86% → 76%). For
hat concerns the composition at the exit of membrane reactor,
n lumen side, the CO content increases of two-thirds (Fig. 12),
hile the H2 one becomes about three times higher (Fig. 13).
At feed pressure equal to 2000 kPa, the temperature profile is

ractically independent on sweep gas flow rate (Fig. 11). How-
ver, the conversion moves from 95 to 90% as the sweep gas
ow rate decreases of 10 times, while the CO content doubles
nd H2 concentration increases of about 300%.

On the basis of the results discussed above, at high feed pres-
ure values (2000 kPa) the effect of sweep gas temperature and
ow rate on the performance of the membrane reactor is less
ignificant than at low feed pressure (110 kPa). However, at
ig. 12. CO lumen composition vs. dimensionless axial length as a function of
eed pressure for two different sweep gas flow rates (0.00117 mol min−1, dotted
ines) and (0.000117 mol min−1, solid lines).
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version value at 110 kPa changes from 87 to 59% moving from a
linear to an exponential allocation. This behaviour confirms the
fundamental role of the linear distribution at low feed pressure
values.
ig. 13. H2 lumen composition vs. dimensionless axial length as a function of
eed pressure for two different sweep gas flow rates (0.00117 mol min−1, dotted
ines) and (0.000117 mol min−1, solid lines).

weep gas flow rate favours a higher H2 purity level without risk
f an anomalous increase of lumen temperature. At 500 kPa is
till opportune to work at Tshell < Tlumen as to H2 recovery and
O content in lumen side, while a low sweep gas flow rate is not
dvantageous as at 2000 kPa. On the contrary for a membrane
eactor, at 110 kPa it is absolutely not recommended to operate
t low sweep gas flow rate, while a sweep gas temperature at least
qual to lumen temperature is suggested in order to achieve high
O conversion and H2 recovery on shell side.

.3. Effect of the catalyst mass distribution

Another mode to control the intensity of temperature hot spot
nd use efficiently a membrane reactor is to operate on the cat-
lyst distribution. This method could be an alternative to the
se of side-streams and inert pellets to control the temperature
rofiles in addition to an external intermediate cooling applied
uccessfully also to laboratory scale reaction systems by Hwang
nd Smith [23].

As previous discussed in Section 3.1, close to the membrane
eactor entry, an excess of heat is generated by the high conver-
ion value of the fresh reagents. In the rest of the unit, at high
eed pressures, a reduced increase of the conversion has been
bserved. Therefore, the opportunity to dose the catalyst along
he membrane reactor has been considered by setting a lower
atalyst mass where the hot spot occurs and a higher catalyst
mount in the zone where the increase of the conversion is neg-
igible. As a consequence, two different catalyst distributions
linear and exponential) have been investigated in addition to
he constant mode described previously. A qualitative picture
f all catalyst distribution modes is reported in Fig. 14. The
esults, in terms of temperature and hydrogen concentration pro-
les, on both lumen and shell sides, have been compared with

hose discussed in the previous sections for a constant catalyst
llotment.
The simulations, in Fig. 15, show how a catalyst mass that
ncreases linearly along the membrane reactor produces a tem-
erature hot spot less significant with respect to an exponential
istribution. At 2000 kPa, the effect of the feed pressure on the
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e

ig. 14. Catalyst distributions along the membrane reactor: (a) constant, (b)
inear, (c) exponential. Black circles represent the catalyst pellets, while white
ircles represent inert particles.

emperature profile is preponderant with respect to the catalyst
istribution. In fact, the hot spot intensity does not change while
nly the outlet temperature in the lumen side results slightly
ower as a linear distribution is considered. On the contrary, at
00 kPa an influence of the catalyst distribution is observed since
he temperature hot spot is reduced: 700 K for constant, 687 K
or exponential and 672 K for linear modes, respectively. As to
he outlet temperatures, the lowest value (623 K) is still for the
inear while the highest one (650 K) is for the exponential mode.

At 110 kPa, a linear distribution lowers further both the hot
pot intensity and outlet temperature (625 K) with respect to
he value for the constant mode (643 K). An exponential dis-
ribution generates a progressive increment of the temperature
n the whole catalytic bed. In this case, the combination of a
arge amount of the reagents still unconverted and catalyst in the
econd half of the reactor produces an uncontrolled warming of
he unit with a consequent decrease of the conversion. The con-
ig. 15. Lumen temperature vs. dimensionless axial length as a function of
eed pressure for two different catalyst distributions: linear (dotted lines) and
xponential (solid lines).
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Fig. 16. H2 lumen composition vs. dimensionless axial length as a function of
feed pressure for two different catalyst distributions: linear (dotted lines) and
exponential (solid lines).

F
f
e

fi
t
s
i
a

4

b
o
p
o
h
t
b
c
o
t
h
r
z

h
a
r
c
5
a
f
i
s
t
v
a
t
i
l
s
d

b
s

R

[

[

[

[

ig. 17. H2 shell composition vs. dimensionless axial length as a function of
eed pressure for two different catalyst distributions: linear (dotted lines) and
xponential (solid lines).

For what concerns the hydrogen concentration, similar pro-
les are observed for all catalyst distributions independently on

he feed pressure (Figs. 16 and 17). However, if at high pres-
ures (2000 kPa) the advantage of a linear catalyst distribution
s moderated, it becomes progressively more significant at 500
nd 110 kPa with respect to an exponential distribution.

. Conclusions

A theoretical analysis for the complete understanding of the
ehaviour of a membrane reactor, where an exothermic reaction
ccurs, has to take into account both mass and heat transport
henomena. By means of this approach it is possible to combine
pportunely the operation and design parameters for achieving
igh conversion and recovery values. An appropriate choice of
he feed pressure, sweep gas flow rate and temperature has a
eneficial effect on the driving force for hydrogen permeation,
onversion and temperature profile, mitigating eventual danger-
us hot spots or avoiding thermal runaway. For the same aim,

he opportunity to dose the catalyst along the membrane reactor
as been established by setting a lower catalyst mass where the
eaction rate is important and a higher catalyst amount in the
one where the increase of the conversion is less significant. At

[

[

ring Journal 136 (2008) 373–382 381

igh feed pressures, the influence of the sweep gas temperature
nd flow rate on the performance of the membrane reactor is less
emarkable than at low feed pressure. At 2000 kPa, it is more
onvenient to operate with a sweep gas at lower temperature (e.g.
00 K) than lumen temperature in terms of hydrogen recovery
nd CO conversion; nevertheless a low sweep gas flow rate
avours a higher H2 purity level, without risk of an anomalous
ncrease of lumen temperature. On the other hand, at 110 kPa it is
trongly suggested to use a large sweep gas flow rate at the same
emperature of the feed stream in order to achieve high CO con-
ersion and H2 recovery. A catalyst mass that increases linearly
long the membrane reactor is more efficient than an exponen-
ial distribution to control the temperature hot spots. However,
f at high pressures (2000 kPa) the advantage of a linear cata-
yst distribution is moderated, it becomes progressively more
ignificant at 500 and 110 kPa with respect to an exponential
istribution.

The advantages of all solutions illustrated in this study could
e further enhanced in presence of more permeable and equally
elective materials used as membranes.
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